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Hydrodeoxygenation (HDO) of pyrolysis oil is an upgrading step that allows further
coprocessing of the oil product in (laboratory-scale) standard refinery units to produce
advanced biofuels. During HDO, desired hydrotreating reactions are in competition with
polymerization reactions that can lead to unwanted product properties. To suppress this po-
lymerization, a low-temperature HDO step, referred to as stabilization, is typically used.
Small batch autoclaves have been used to study at near isothermal conditions the competi-
tion between hydrotreating and polymerization reactions. Although fast polymerization reac-
tions take place above 200�C, hydrogen consumption was already observed for tempera-
tures as low as 80�C. Hydrogen consumption increased with temperature and reaction time;
however, when the end temperature exceeded 250�C, hydrogen consumption achieved a pla-
teau. This was thought to be caused by the occurrence of fast polymerization reactions and
the refractivity of the products to further hydrotreating reactions. The effect of the gas–liquid
mass transfer was evaluated by using different stirring speeds. The results of these experi-
ments (carried out at 300�C) showed that in the first 5 min of HDO, gas–liquid mass transfer
appears to be limiting the overall rate of hydrotreating reactions, leading to undesired poly-
merization reactions and product deterioration. Afterward, intraparticle mass transfer/
kinetics seems to be governing the hydrogen consumption rate. Estimations on the degree of
utilization (effectiveness factor) for industrially sized catalysts show that this is expected to
be much lower than 1, at least, in the early stage of HDO (first 30 min). Catalyst particle
size should, thus, be carefully considered when designing industrial processes not only to
minimize reactor volume but also to improve the ratio of hydrotreating to polymerization
reactions.VVC 2011 American Institute of Chemical Engineers AIChE J, 57: 3160–3170, 2011

Correspondence concerning this article should be addressed to J. A. Hogendoorn
at j.a.hogendoorn@utwente.nl.

VVC 2011 American Institute of Chemical Engineers

3160 AIChE JournalNovember 2011 Vol. 57, No. 11



Keywords: pyrolysis oil, upgrading, hydrodeoxygenation, polymerization, mass
transfer, absorption

Introduction

Hydrodeoxygenation (HDO) of pyrolysis oil is an upgrad-
ing step that allows coprocessing of biomass products with
fossil feed in (laboratory-scale) standard refinery units.1–3

During HDO, pyrolysis oil is treated at temperatures between
150 and 450�C, high hydrogen pressures (5–25 MPa), and in
the presence of an active catalyst. A recent historical over-
view of the developments in HDO of pyrolysis oil has been
written by Elliott in 2007.4

Early studies on HDO of pyrolysis oil report that directly
processing pyrolysis oil at high temperatures (>300�C) was
troublesome, showing coking and plugging of lines.5 For
that reason, a low-temperature HDO step (referred to as sta-
bilization) was introduced, probably reducing the reactivity
(toward polymerization/polycondensation reactions) of func-
tional groups such as aldehydes, ketones, and double C¼¼C
bonds.6 In this way, successful HDO operation at high tem-
perature was feasible, achieving higher deoxygenation levels
(typically[ 95%).7,8

In our previous study on HDO,1 experiments were carried
out in a batch autoclave at 29 MPa total pressure (20 MPa
H2 initial), 230–340�C end temperature, and 5 wt % Ru/C
catalyst. Heating rates in the autoclave were very low; it typ-
ically took 1.5–2 h to reach the desired end temperature.
The total reaction time (after heating to the desired tempera-
ture) was 4 h, after which the reactor was cooled. For all the
experiments, more than 50% of the hydrogen consumption
took place during the heating time. Therefore, the low-tem-
perature stabilization reactions were an integrated part of the
experiments. Compared with the feed, the resulting HDO oil
had a lower oxygen content and coking tendency (measured
by microcarbon residue test, MCRT), whereas the molecular
weight was reduced with increasing temperature. Although
the oxygen content of the resulting HDO oils was still rela-
tively high (up to 28 wt % on dry basis), these oils could be
coprocessed in laboratory-scale refinery units without any
operational problems. Moreover, yields were comparable to
the ones obtained when processing fossil feed only.

High-pressure thermal treatment (HPTT) is a process in
which pyrolysis oil is subjected to temperatures between 200
and 350�C, pressures higher than 20 MPa, and short resi-
dence times (\5 min) in the absence of catalyst and hydro-
gen.9 Experiments conducted in a continuous HPTT setup

showed that, similar to HDO, the oxygen and water content
of the oil product are reduced, increasing its energy density.
However, during HPTT and opposite to HDO, pyrolysis oil
underwent polymerization shown by a severe increase in mo-
lecular weight and viscosity of the oil product. An aqueous
phase with the remainder of the organics and some gas
(mainly CO2) were also produced. Although HDO oils could
be coprocessed in a laboratory-scale refinery unit, the HPTT
oils could not be processed because of their high coking
tendency (measured by MCRT), molecular weight, and its
immiscibility with fossil feed.

Although both HPTT and HDO can produce an oil with
lower and similar oxygen content, other properties are com-
pletely different. Moreover, the processes are carried out on
completely different timescales. HPTT can lead to a deoxy-
genated though heavily polymerized product within 2 min,
whereas HDO requires much longer reaction times, but pro-
duces an oil with a molecular weight distribution (MWD) sim-
ilar or even lower than the feed.1 As already seen by the coking
of lines during direct high-temperature HDO processing, the
polymerization reactions (typical during HPTT) can also be
present during HDO. The ‘‘stabilization step" at reduced tem-
perature level is, therefore, aimed to favor the rate of the hy-
drogenation/hydrodeoxygenation reactions with respect to that
of the competing polymerization reactions5 (see Figure 1 for
schematic representation of this competition).

In this article, experimental and theoretical results of the
HDO of pyrolysis oil are reported and discussed, specifically
addressing the competition between the polymerization and
hydrotreating/hydrodeoxygenation reactions in the early
stage of the HDO process (first 30 min). Different process
conditions (such as stirring intensity, heating time, and reac-
tion temperature) were used to study their effect on the com-
peting reactions and on final product properties.

Model Development of HDO and Polymerization

For the numerical evaluation of experiments in terms of
competition between hydro(deoxy)genation and polymeriza-
tion, several assumptions have to be made. It should be
noted that some of these assumptions are rather rough. How-
ever, considering that these are just the first steps in model-
ing the HDO process10–12 and the fact that this study aims to

Figure 1. Schematic representation of the competition between polymerization and hydrodeoxygenation reactions.
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validate the scheme in Figure 1 (identifying the parameters/
rate-controlling steps that can influence the balance between
HDO and polymerization), this is not considered a major
drawback.

For the hydrogen-consuming, heterogeneous, reactions, it
is assumed that:
• The hydrotreating reactions can only take place at or

inside the catalyst.
• Both hydrogen and pyrolysis oil components are

assumed to be able to enter the pores of the porous catalyst
particles to react at the internal surface area.
• Although pyrolysis oil is a mixture of many different

components, with each of them having its own hydro(deox-
y)genation reaction mechanism and corresponding kinetic
expression, in this work, a uniform (lumped) kinetic expres-
sion for the hydrotreating reactions is used.
• For hydrogen, the reaction order is assumed to be 1

(this has been observed for hydrogenation of benzene13 and
glucose14).
• The concentration of reactive pyrolysis oil components

is constant. The contribution of pyrolysis oil (components)
in the kinetic expression is, thus, lumped into a pseudo-first-
order rate constant.
• Reactions are assumed to be irreversible.
• For hydrogen, Fickian diffusion is assumed inside the

catalyst pores.
In the present three-phase system, several (serial) resistan-

ces can influence the overall hydrogen uptake rate. Consider-
ing that in the current experiments the fraction of hydrogen
in the gas is high when compared with other noncondensable
gases, the H2 mass-transfer resistance from the gas phase to
the gas–liquid interface will be neglected. Moreover, a possi-
ble mass-transfer resistance of pyrolysis oil components to-
ward or inside the catalyst will also be neglected. Based on
these and the previously mentioned assumptions, the result-
ing flux equation as used in this study is defined as

NH2
¼ CH2;G

1
m:kL :aGL

þ 1
m:kS:aS

þ 1
m:g:k1:eS

ðmol m�3
liquid s�1Þ (1)

From this equation, it can be seen that, for the experimen-
tal conditions applied in this study, three resistances for
hydrogen consumption have to be taken into account: gas–
liquid mass transfer, mass transfer from the bulk of the liq-
uid to the catalyst surface, and apparent kinetics (determined
by intrinsic reaction kinetics and simultaneous diffusion
inside the catalyst). The relative importance of each resist-

ance can be estimated by (approximate) calculations as will
be shown in the following sections.

To prevent product deterioration, the hydrogen uptake rate
related to HDO as in Eq. 1 should be at least of the same
order of magnitude as the rate of the thermal polymerization
reactions. These uncatalyzed polymerization reactions have
proven to be very fast during HPTT of pyrolysis oil, creating
a polymerized product within 5 min at temperatures above
250�C.9 When using glucose as model compound in HPTT
experiments (De Miguel Mercader et al., submitted for publi-
cation), conversion of glucose to a polymerized product at
300�C also occurred within 5 min, whereas experiments con-
ducted at 250�C and 5 min had a (calculated) conversion of
only 28 wt %. This illustrates why a HDO pretreatment of
pyrolysis oil at temperatures of 150–250�C (stabilization) is
typically applied before performing HDO at higher tempera-
tures.

Experimental

Materials

Pyrolysis oil as used in this study was supplied by VTT,
Finland, and produced from forest residue. Table 1 shows
some properties of this oil. The oil was stored at �10�C to
avoid aging. The amount needed for one experiment was
brought to room temperature the day before usage.

H2 and N2 (both 99.9% purity) were obtained from the
high-pressure network in the laboratory, fed by cylinders
from Linde gas. CO2 used to study the gas–liquid mass-
transfer characteristics was available at 99.99% purity from
Linde gas.

The catalyst used was 5 wt % ruthenium on activated car-
bon (Ru/C), delivered by Sigma-Aldrich. The average parti-
cle size was 14 lm. The use of such small catalyst size is
expected to decrease both external and internal mass-transfer
resistances. Surface area, pore-size distribution, and pore
volume of the catalyst were determined using BET analysis
(Table 2). The ruthenium distribution on the surface of the
catalyst particles is assumed to be homogeneous, but was
not further investigated.

Experimental setups and procedure

Small in-house made autoclaves, with volumes of 9, 40,
and 45 ml, were used in this study. During the experiments,
the mixing of the contents of the 9- and 40-ml reactor was
done by fast shaking of the whole autoclave; the 45-ml reac-
tor used a hollow shaft stirrer (0–48 Hz). The hollow shaft
stirrer is expected to improve mass transfer when compared
with the shaken autoclaves. These reactors were fixed to a
pneumatic arm. The pneumatic arm had an internal piston
that allowed the reactors to be immersed in a fluidized sand

Table 1. Properties of the Forest Residue Pyrolysis Oil

Pyrolysis Oil

Elemental composition and water content
C dry (wt %) 54.3
H dry (wt %) 7.0
O dry (wt %)* 38.7
Water (wt %) 25.0

Carbon residue
MCRT (wt %) 19.7
MCRT dry† (wt %) 26.2

*By difference.
†Corrected for water content.

Table 2. BET Analysis of the Ru/C Catalyst

Ruthenium on Carbon Catalyst

BET surface area 810 � 11 m2 g�1 (total)
579 m2 g�1 (micropores only)

Langmuir surface area 1094 � 10 m2 g�1

Pore volume (porosity), e 0.27 cm3 g�1 STP
Pore size Most pores between 6 and 12 nm

3162 DOI 10.1002/aic Published on behalf of the AIChE November 2011 Vol. 57, No. 11 AIChE Journal



bed and a cooling bath to obtain fast heating and cooling,
respectively (see Figure 2). The fluidized sand bed was
heated by two electric ovens with independent temperature
controllers. The fluidization gas was preheated by a separate
heating element.

In each of the reactors, a thermocouple inside the reactor
recorded the inner temperature. Figure 3 shows that the heat-
ing rate decreased with reactor volume, but was very quick in
all cases compared with the heating rate of the 5-l autoclave
used in a previous study by De Miguel Mercader et al.1

In a typical experiment, the reactor was filled with the
desired amount of pyrolysis oil (reactor filling about 50%)
and 5 wt % catalyst. The reactor was then closed tightly
and attached to the moving arm. After leak testing with
nitrogen, the reactor was purged and filled with 12 MPa of
hydrogen. If the reactor was again leak free, the gas line
was detached.

At the start of an experiment, the pneumatic arm was
moved to the position over the sand bed and then immersed
in the bed (which was at constant temperature between 80
and 300�C). For the stirred experiments, stirring was started
before heating to presaturate the liquid. For the shaken reac-
tors, shaking was started directly while lowering the reactor
into the bed, for the same purpose. After the desired reaction
time (from 10 to 60 min), the reactor (both stirred and
shaken) was lifted from the hot sand bed, moved over the
water bath, and lowered into the cooling water.

After the reactor was cooled to room temperature, pressure
was noted and a gas sample was taken for analysis. Then,

the reactor was depressurized completely. The liquid sample
including the catalyst was collected in a syringe. The reactor
walls were scraped with a metal bar to ensure, as much as
possible, the recovery of the contents. For the shaken reac-
tors, samples from experiments at higher temperatures
(above 200�C) generally were more difficult to collect

Figure 2. HDO setup diagram.

Figure 3. Temperature profile during experiments using
different autoclave sizes.

Data for the 5-l reactor correspond to experiment conducted
at 300�C shown in Ref. 1.
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because of the high viscosity of the resulting liquid product,
making liquid analysis impossible.

The collected liquid sample was filtered by attaching a fil-
tration unit with Whatman Grade 3 filter paper (retention
from 6 lm) to the syringe and pressing the liquid sample
through the filter (manually or by nitrogen pressure).

Separate gas–liquid mass-transfer experiments were carried
out to obtain an indication of kL.aGL in the stirred autoclave.
These were performed at 20�C using degassed water and CO2.
The reasons for choosing this system are clarified in the section
‘‘Mass-transfer limitations during HDO.’’

Monitored parameters and analysis methods

Total hydrogen consumption was monitored as key param-
eter for hydrotreating reactions. To evaluate the extent of po-
lymerization reactions, molecular weight measurements were
carried out with an Agilent Technologies HPLC 1200 series
using gel permeation chromatography (GPC) columns (more
details about this equipment can be found in Ref. 9). The
coking tendency of the upgraded oils was measured by
MCRT according to ASTM standard D 4530-07 with an
ACR-M3 Micro Carbon Residue Tester from Tanaka Scien-
tific. This parameter has been found to correlate well with
the MWD of upgraded pyrolysis oil1,15 and, thus, was also
used to evaluate polymerization.

Besides that, various other techniques were used to analyze
samples. The water content of samples (used to calculate dry
MCRT) was determined by Karl Fischer titration with a Met-
rohm 787 KF Titrino. Titrations were carried out with hydra-
nal in a 3:1 mixture of methanol and dichloromethane. The
composition of the gas samples obtained after the experiments
was determined with a Varian CP-4900 microgas chromato-
graph (for further details see Ref. 9).

Experimental Results and Discussion

Experiments

Experiments were carried out in both shaken and stirred
reactors. The shaken reactors were especially used to study
the influence of end temperature, reaction time, and heating
rate (by using differently sized reactors, the external surface
area to internal volumes changed, obtaining different heating
rates). The stirred reactor was specifically used to study the
influence of stirring rate and catalyst holdup. Various other
experiments in the stirred reactor were performed to obtain
kL.aGL values as needed in the numerical interpretation. In
Table 3, an overview of the experiments carried out is
shown.

Qualitative assessment of results

Temperature Level. In Figure 4, the total hydrogen con-
sumption is shown for the experiments of series 1. The
hydrogen consumption was calculated from the difference in
initial and final reactor pressure, corrected for produced
gases (mainly CO2 and CH4). These results show that there
was already hydrogen consumption at 80�C, which is in line
with previous results.1,15 Up to a temperature of 200�C, the
hydrogen consumption increased with both temperature and
reaction time. However, the experiments at 250 and 300�C
showed no further increase in hydrogen consumption com-
pared with the experiment at 200�C. This stop in the
increase of hydrogen consumption cannot be explained by a
possible shortage of hydrogen as only half of the initially
present quantity was consumed. Moreover, the maximum
hydrogen consumption (�2.5 mol kg�1

feed) is low when
compared with the hydrogen consumption in the 5-l auto-
clave (9.3–13.2 mol kg�1

feed for end temperatures of 230–
340�C), indicating that HDO reactions can still further con-
sume H2 when enough time is given to allow the low-tem-
perature stabilization reactions to occur (using, for example,
low heating rates). Total catalyst deactivation also cannot
explain these results, as an experiment with a reused catalyst

Table 3. Overview of Experimental Series,
Their Goal, and Process Conditions

Series Reactor/Goal Conditions

1 Shaken 9-ml reactor, 5-g liquid
Effect of reaction time

and end temperature
10–30–60 min
80–120–165–200–250–300�C
12 MPa H2, 5 wt % catalyst

2 Shaken
Effect of heating time

9- to 40-ml reactor,
5- to 20-g liquid

30 min
300�C
12 MPa H2, 5 wt % catalyst

3 Stirred 45-ml reactor, 20-g liquid
Effect of

catalyst holdup
30 min
300�C
48 Hz stirring
12 MPa H2, 2.5–5–7.5

wt % catalyst

4 Stirred 45-ml reactor, 20-g liquid
kL.aGL estimation CO2 absorption in H2O, 20

�C
8.6–48.1 Hz stirring

5 Stirred 45-ml stirred, 20-g liquid
Effect of stirring speed 30 min

300�C
0–7–15–48 Hz stirring
12 MPa H2, 5 wt % catalyst

Figure 4. Total hydrogen consumption as a function of
temperature and reaction time in the shaken
9-ml autoclave.
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still showed considerable activity, although somewhat lower
than a fresh catalyst (results not presented). The results at
high temperatures might be explained by the expected fast
polymerization at and above 250�C leading to a polymerized
product that is refractive to further consumption of hydro-
gen. The occurrence of polymerization also can be deduced
from Figure 5, which shows that the oil products produced
at 250 and 300�C have higher molecular weight than the
products obtained at lower temperature (which have a molec-
ular weight similar to or slightly higher than that of the feed
oil).

Heating Rate. The effect of heating rate on the competi-
tion between polymerization and hydrotreating was evaluated
by using two differently sized reactors (9 and 40 ml), a total
reaction time of 30 min, and a temperature of 300�C (series
2, Table 3). The increase in reactor size changed the external
heat exchange area to the internal volume, resulting in lon-
ger heating times to reach 300�C. This is illustrated in Fig-
ure 3 and also quantitatively expressed in Table 4. It should
be noted that in all cases the heating rate was very fast,
especially when compared with the heating rate in the 5-l
autoclave used in the study by De Miguel Mercader et al.1

The use of differently sized reactors can also influence the
mass-transfer characteristics; however, this effect was not
explicitly quantified and neglected in the analysis. Although
the heating time in both cases was short compared with the

reaction time of 30 min (see Figure 3), a shift in the ratio
between hydrotreating reactions and polymerization reactions
(and thus product properties) was still observed: hydrogen
consumption decreased with increasing heating rate (Table
4). As already indicated in the previous sections, these
results also suggest that giving less time for low-temperature
hydrotreating reactions to occur (by increasing the heating
rate from ambient temperature to 300�C), polymerization
reactions are increasingly favored and can inhibit hydrotreat-
ing reactions.

The MWD of the resulting oils (Figure 6) confirms this:
with increasing heating rate, the average molecular weight
increased. For comparison, also the result obtained in a 5-l
autoclave experiment at 300�C1 is given, which (for 300�C
end temperature) had a typical heating time of 90 min. This
curve shows a distinct shift to the left when compared with
feed oil, which indicates that, overall, cracking and not poly-
merization occurred in that case.

Catalyst Holdup If the mass-transfer resistance to the
catalyst particles (Eq. 2) or the apparent kinetics inside the
catalysts (Eq. 3) would be the overall rate-controlling step, a
proportional relationship between catalyst holdup and hydro-
gen conversion rate should be observed (if H2 pressure is
constant). Because the experiments were carried out batch
wise, a nonstationary gas mass balance should be used to
derive the theoretical relationship between average flux (or
total hydrogen consumption over a certain time interval) and
catalyst holdup. If either of the aforementioned resistances is
limiting, the following proportionality can be derived from
such balance: lnðgH2;Gðt minÞ=gH2;Gð0ÞÞ ¼ �C1:es:t. In the
45-ml autoclave (48 Hz, 30 min), three different catalyst
holdups (2.5, 5, and 7.5 wt %) were used to study whether
this dependency was observed (see series 3 in Table 3). The
results of these experiments (Table 5) show an increase of
� lnðgH2;Gð30 minÞ=gH2;Gð0ÞÞ with catalyst concentration.

Figure 5. Molecular weight distribution of the oil prod-
ucts after HDO in the 9-ml shaken autoclave
using different temperatures.

The reaction time and the initial H2 pressure were 30 min
and 12 MPa, respectively.

Table 4. Comparison of Hydrogen Consumption per
Kilogram of Feed for Different Reactor Sizes in the Shaken

Setup

Reactor
Volume (ml)

Heating
Rate (�C s�1)*

H2 Consumption
(mol kg�1

feed)

9 7.6 2.16
40 1.3 3.43

The reactions conditions were as follows: 300�C, 5 wt % catalyst, and 30-
min reaction time.
*Average to reach 285�C.

Figure 6. Molecular weight distribution curves of oil
products obtained in experiments carried out
using the shaken setups with different reac-
tor volumes (9 and 40 ml).

Reaction temperature: 300�C. Reaction time: 30 min. The
data for the 5-l experiment (from Ref. 1) correspond to 4-h
reaction time (plus �90-min heating time) at 300�C end
temperature.
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This dependence is more important at lower catalyst concen-
trations (from 2.5 to 5 wt %) than at higher (from 5 to 7.5
wt %). Nevertheless, the proportional dependence between
� lnðgH2;Gð30 minÞ=gH2;Gð0ÞÞ and es as expected in a regime
governed by mass transfer to the catalyst or apparent kinetics
(also for the case that the effectiveness factor g\ 1) did not
occur. This indicates that, in these HDO experiments, the
results must have been affected by the gas–liquid mass-trans-
fer resistance (Eq. 4). Table 5 additionally shows that the
coking tendency of the oil products increased when a lower
catalyst holdup was used. This indicates that by reducing the
overall rate of the hydrotreating reactions, the overall occur-
rence of polymerization is favored.

NH2
¼ m:ks:as:CH2;G ¼ m:ks:ð6:es=dpÞ:CH2;G (2)

NH2
¼ m:g:k1:es:CH2;G (3)

NH2
¼ m:kL:aGL:CH2;G (4)

Mass-transfer limitations during HDO

kL.aGL Estimation. To be able to explain the results
obtained at various stirring speed, an estimation of the de-
pendence of kL.aGL on stirring speed in the reactor is
needed. Data on kL.aGL were obtained using absorption of
CO2 in water as nonreactive model system (series 4 in Table
3). The choice of CO2/water as model system was preferred
over H2/water or H2/pyrolysis oil because of the low solubil-
ity of H2 in water and the lack of accurate physical solubility
data of H2 in pyrolysis oil, respectively. Moreover, a low
temperature was used to obtain a low water vapor pressure,
making an accurate monitoring of the relatively small pres-
sure decrease because of physical absorption possible. It
should be noted that temperature typically increases kL.aGL
because it reduces the viscosity and surface tension of the
liquid (see, for example, Ref. 16).

The gas–liquid mass-transfer experiments were interpreted
using well-known theories for gas absorption.17 The experi-
mentally derived kL.aGL values are given in Figure 7.
Although these kL.aGL data are only indicative for actual ex-
perimental HDO conditions (pyrolysis oil, high temperature
and pressure), they strongly indicate that, in this setup, varia-
tion of the stirring rate from 7 to 48 Hz causes a substantial
(order of magnitude) change in kL.aGL.

Influence of Stirring Speed on the Competing
Reactions. Experiments were carried out in the 45-ml
stirred autoclave using various stirring rates at 300�C, a

reaction time of 30 min, a catalyst concentration of 5 wt %,
and an initial hydrogen pressure of 12 MPa (series 5, Table
3). Figure 8a gives the MWD of the oil products, showing
that heavier products were obtained when decreasing the stir-
ring intensity. At the same time, H2 consumption increased
with stirring speed (Figure 8b). This shows that with decreas-
ing stirring speed and, thus, kL.aGL, polymerization reactions
were increasingly favored over hydrotreating reactions. Thus,
the gas–liquid mass-transfer resistance (Eq. 4) appears to be
important in the competition between polymerization and
hydrotreating reactions in the early stage of the HDO process.
The maximum hydrogen consumption observed (at 48 Hz) in
30 min at 300�C was 5.2 mol kg�1

feed. This hydrogen con-
sumption in only 30 min (early stage of HDO) is substantial
when compared with the consumption in the 5-l autoclave and
5.5 h of reaction time (11.7 mol kg�1

feed). This also indicates
that in the early stage of the HDO process, hydrogen-consum-
ing reactions can be (very) fast. In the next section, this is
also quantitatively verified.

It is also interesting to observe how the CO2 production
(typically observed during HPTT of pyrolysis oil9) increased
with a decrease in stirring speed (Figure 8b). In a previous
study on HDO,15 CO2 production also increased upon a
shortage of hydrogen. These findings suggest that not only in
HPTT but also in HDO, the extent of CO2 production is
related to the extent of polymerization reactions.

When comparing the kL.aGL and the
� lnðgH2;Gð30 minÞ=gH2;Gð0ÞÞ, a proportional dependence
should be observed if the gas–liquid mass transfer would
control the hydrogen uptake (rate). Table 6 shows that at
low stirring speeds (under 15 Hz), this dependence is signifi-
cant and more than proportional. It should be taken into
account that part from the hydrogen consumption might orig-
inate from presaturation of the liquid, and, moreover, the
kL.aGL values used are only indicative. However, at the 48
Hz, the linearity is not present anymore, indicating that other
mass-transfer or kinetic resistances are also taking place.
These results are consistent with those obtained using differ-
ent catalyst holdups, in which the change of catalyst holdup

Table 5. Correlation Between the Catalyst Amount,
the Hydrogen Consumption, the Logarithm of the

Final/Initial Hydrogen Molar Ratio in the Gas Phase,
and the Coking Tendency

Catalyst
Amount
(wt %)

� lnðnH2 ;Gð30 minÞ=
nH2 ;Gð0ÞÞ

Hydrogen
Consumption
(mol kg�1

feed)

Coking
Tendency

(dry MCRT, wt %)

2.5 1.17 4.53 21.4
5 1.82 5.15 18.1
7.5 1.94 5.64 17.2

Experiments were carried out in the 45-ml stirred autoclave at 300�C and
30-min reaction time and 48 Hz stirring speed.

Figure 7. kL.aGL values for stirring speeds from 7 to 48
Hz at 20�C in the stirred 45-ml autoclave, deter-
mined by CO2 physical absorption in water.
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at low values had stronger effect on the hydrogen consump-
tion than when changed within high values.

Rate-Controlling Step. In the previous sections, it has been
shown that neither the mass transfer (Eqs. 2 and 4) nor the appa-
rent kinetics (Eq. 3) is the only controlling step in the hydro-
treating reactions, at least for the whole reaction time of 30 min.
In this section, the hydrogen consumption rate in subsequent
time intervals is analyzed to evaluate the importance of each
resistance in these time intervals. First, the two mass-transfer
terms in Eq. 1 are compared, assuming that the apparent kinetics
is very fast and not limiting. This would reduce Eq. 1 to

NH2
¼ CH2;G

1
m:kL:aGL

þ 1
m:kS:aS

ðmol m�3
liquid s�1Þ (5)

As the distribution coefficient m is present in both resis-
tances, it is only necessary to compare kL.aGL to kS.aS to
indicate which of these mass-transfer resistances is more im-
portant. Based on the conservative assumption of a Sherwood

number of 2 and a diffusivity of H2 in water at room tempera-
ture of 4.6�� 10�9 m2 s�1 (Ref. 18) (which would be higher
at higher temperature), kS is estimated to be at least 6.5��
10�4 m s�1. To calculate aS, the catalyst holdup (es) is needed,
which is �0.046 m3

catalyst m�3
liquid.

* This gives an aS of
1.98�� 104 m2

catalyst m
�3

liquid, resulting in a kS.aS of 12.95
s�1. This value is more than two orders of magnitude higher
than the kL.aGL values as reported in this study (Figure 7).
Therefore, in this study, Eq. 5 can be further simplified to

NH2
¼ m:kL:aGL:CH2;G (6)

It should be noted that, in the derivation of Eq. 6, it has
been assumed that apparent kinetics was not limiting,
whereas for the actual experiments shown in the previous
section some influence of the catalyst holdup was observed
for 30-min reaction time. Because kS.aS has proven not to be
limiting, it can be concluded that the influence of catalyst
holdup in the previous section was due to the apparent ki-
netic term (Eq. 3). This also means that actual kL.aGL values
will be at least equal to or higher than the ones derived
using experimental fluxes and Eq. 6. In Table 7, the experi-
mental hydrogen consumption rate for two time intervals is
shown. These intervals are from 3 to 5 min (excluding, in
this way, large part of the heating time) and from 5 to 30
min (the rest of the experiment). The rate was determined
from the change in reactor pressure in time (subtracting the
water vapor pressure at the corresponding temperature). The
H2 consumption rate decreased strongly with the reaction
time. The last column in Table 7 shows the calculated H2

consumption rate as if the liquid-side mass transfer was the
rate-controlling step using Eq. 6. Considering the uncertainty
in the estimates used in the calculations (among others
kL.aGL, m, pyrolysis oil density), the theoretically predicted
gas–liquid mass-transfer rate agrees well with the experimen-
tally observed hydrogen consumption rate for the period of
3–5 min. However, the measured average hydrogen con-
sumption rate for the period of 5–30 min is much lower than
the maximum mass-transfer flux predicted using Eq. 6.
These findings indicate that in the first period of reaction
process (3–5 min), gas–liquid mass transfer is to a large
extent limiting the overall hydrogen consumption rate, but
its importance decreases with time/conversion. The hydrogen
consumption rate at/inside the catalyst (governed by apparent
kinetics, see Eq. 3) is expected to become more important in
this second period (5–30 min). A reason for this behavior
might be that because of the fast heating to high tempera-
tures many pyrolysis oil components become reactive toward

Table 6. Correlation Between the kL.aGL and the Final/
Initial Hydrogen Molar Ratio in the Gas Phase

Stirring Speed (Hz) kL.aGL � lnðnH2 ;Gð30 minÞ=nH2 ;Gð0ÞÞ
0 0 0.24
7 6.17 � 10�4 0.36
15 1.44 � 10�3 1.09
48 7.35 � 10�2 1.82

Experiments were conducted in the 45-ml autoclave at 300�C, 30 min, and 5
wt % catalyst.

Figure 8. (a) Molecular weight distribution of the oil
products obtained at different stirring speeds;
experiments were carried out in the 45-ml
stirred autoclave at 300�C for 30 min using 5
wt % catalyst; (b) H2 consumption and CO2

production for the same experiments.

*In the experiment, 20 g of liquid (16.7 cm3) and 1 g of catalyst (�0.77 cm3,
by using a skeletal density of 2 g cm�3 (Refs. 19 and 20) and porosity of 0.27 cm3

g�1) were used.
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hydrotreating at the same time.6 This requires a large flux of
hydrogen, resulting in depletion of hydrogen in the liquid
and, thus, gas–liquid mass-transfer limitations in the early
stage of HDO. Slower and gradual heating, like used in the
5-l autoclave experiments,1 would probably avoid this.

Estimations for industrial reactors

Previous sections showed that gas–liquid mass-transfer
resistances are likely to be important during the initial period
of the HDO process (3–5 min), especially for experiments
carried out above 200�C. The model reactors as used in this
study typically have high specific energy input and, thus,
good mass-transfer characteristics when compared with
industrial reactors. It is, therefore, likely that gas–liquid
mass-transfer resistances also play an important role in
industrial application, especially during the early stage of the
HDO process. Other resistances can become of much more
importance in industrial reactors because of the use of larger
particles: these include not only extraparticle but also intra-
particle mass-transfer resistances (in this study, the catalyst
particle size was very small). It should be kept in mind that
even when mass-transfer characteristics are (very) good, the
intrinsic kinetics, the catalyst holdup, and degree of utiliza-
tion (or effectiveness factor) of the catalyst should also be
such that overall the hydrotreating reactions are favored over
the polymerization reactions. An estimate on the degree of
utilization for larger particle sizes than used in this study
will be given based on current experimental data.

The previous section has shown that in an initial period
(\5 min) at a temperature of 300�C liquid-side mass transfer
is likely to be controlling the overall hydrogen consumption
rate. The following equation can thus be postulated

NH2;3�5 min;experimental\m:g:k1;3�5 min:es:CH2;G (7)

Using Eq. 7 will thus yield a lower boundary for k1,3–5 min.
Because only one particle size was used in this study (14 lm),
the actual degree of utilization, g, could not be determined.
To estimate g for larger particle sizes than the one used in this
study, it was additionally assumed that g (14 lm) ¼ 1. This
enables the calculation of a ‘‘lower–lower" boundary for k1
(using Eq. 7) and, thus, estimation of gmax for larger particles.
Using the measured H2 consumption rate in the period of 3–5
min, the estimated H2 distribution coefficient, and average H2

concentration in the same interval (see Table 7), the kinetic

rate constant in this period is estimated to be k1,3–5 min � 1.46
s�1. Again, this only gives a lower boundary for the kinetic
constant in this time period as it has been shown that gas–liq-
uid mass-transfer limitations were present, and g (14 lm) was
assumed to be unity.

With k1,3–5 min known and using the Thiele modulus
(/ ¼ ðdp=6Þ:

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
kI=Deff

p
), the degree of utilization

(g ¼ tanh /=/) can be calculated for different particle sizes.
Deff was estimated by using the diffusivity of H2 in water
corrected by the porosity of the catalyst particle (e) and a
tortuosity factor (s) (Deff ¼ e:DH2

=s). For the catalyst used,
the porosity was 0.27 cm3 g�1, but the tortuosity was not
known. Typically, s has a value between 2 and 5.22 There-
fore, an intermediate value of 0.1 for the e/s was taken. Fig-
ure 9 shows the influence of the particle size (industrial hy-
drogenation reactors use catalyst particles with a size up to

Figure 9. Estimate of (maximum) effectiveness factor
(or degree of utilization) of a Ru/C catalyst
particle of HDO process (300�C) as a function
of catalyst particle size.

The dotted lines correspond to values calculated using the dif-
fusivity of H2 in water at 20

�C. The solid lines use an approxi-
mation of the diffusivity by correcting the diffusivity at 20�C
by temperature and viscosity (using the Einstein–Stokes

correlation, DH2 ;20oC ¼ 5.11�� 10�9 m2 s�1, DH2 ;300oC ¼
1.02�� 10�7 m2 s�1 ¼ (l/T)20�C/(l/T)300�C DH2 ;20oC). The
gray lines correspond to the effectiveness factor at the initial
period of reaction (3–5 min) and the black lines to the later
period (5–30 min).

Table 7. Estimated Average H2 Consumption Rates and Temperatures at Different Time Intervals for the Experiment in the
Stirred 45-ml Autoclave

Time
Interval
(min)

Measured
Average H2

Consumption
Rate (mol

min�1 kgfeed)

Measured
Average H2

Consumption
Rate

(mol s�1m3
feed)*

Average
Temperature

in Time Interval
(Range) (�C)

Distribution
Coefficient† (m)

Average H2

Concentration in the Gas
in the Time Interval,‡

CH2 ;G (mol m�3)

Predicted H2

Consumption Rate
Assuming Overall G-L

Limitation§

(mol s�1 m3
feed)

3–5 0.61 12.1 265 (248–276) 0.087 2058 13.2
5–30 0.06 1.2 289 (277–290) 0.122 908 8.2

5 wt % catalyst, 300�C end temperature, 30 min total, and H2 initial pressure of 12 MPa.
*Because the changes in density of pyrolysis oil are not known, the density at room temperature (1200 kg m�3) was used.
†Estimated by interpolation data from distribution coefficients for H2 in water at different temperatures.21
‡From estimated H2 partial pressure in reactor.
§Using Eq. 6; mH2 ;G-water from Ref. 21, CH2 ;G from the average H2 partial pressure (in the interval) and Soave-Redlich-Kwong equation of state, and the kL.aGL
(measured in the CO2/water model system) at 48 Hz from Figure 8.
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1/4 inch23) on the degree of utilization. Because the degree
of utilization is affected by diffusivity, and the diffusivity of
H2 in water at high temperature is not known, it was esti-
mated using the Einstein–Stokes correlation. The figure
shows that even with the estimated higher diffusivity,
increasing the particle size would reduce the (maximum)
degree of utilization significantly below 1. When the same
calculation procedure is repeated for the interval of 5–30
min, k1, 5–30 min is calculated to be 0.24 s�1. In Figure 9, the
estimated degree of utilization for this reaction rate constant
is also shown. Although higher than for the initial period of
the experiment, also in this case it is significantly below 1.
This can again affect the ratio of the hydrogenation to the
polymerization reactions in the early stage of the HDO pro-
cess and therewith influence product quality if not properly
accounted for. It should be noted that these findings not only
apply to the design of industrial reactors but also to the
screening of HDO catalyst using pyrolysis oils. In these
studies, care should be taken that polymerization is not gov-
erning as this would result in similar apparent (low) catalyst
activity. Even if this condition is fulfilled, polymerization
cannot be ruled out, and a meaningful comparison of appa-
rent catalyst activity is, thus, only possible if similar process
conditions are applied (like catalyst size and holdup, mass-
transfer characteristics, and heating rate).

Conclusions

The competition between polymerization and hydrotreat-
ing reactions occurring during the early stage of pyrolysis oil
HDO has been studied using near isothermal, intensively
mixed reactors. The aim was to identify process conditions
that are of influence on this competition in order to be able
to minimize polymerization reactions that typically lead to
undesirable product properties.

Low temperatures favored hydrotreating reactions. How-
ever, if the heating rate to temperatures above 200–250�C
was fast, not giving enough time to the hydrotreating reac-
tions below these temperatures to occur, polymerization
quickly took place creating a product refractive toward
hydrotreating.

Experiments carried out at 300�C using different stirring
speeds showed that total hydrogen consumption increased
with stirring speed, whereas the extent of polymerization
decreased (measured by the MWD of the oil product and
CO2 production). This indicates that gas–liquid mass-transfer
limitations were occurring. Increasing the catalyst holdup
reduced the extent of polymerization and increased the
hydrogen uptake (although less than proportional), indicating
that intraparticle/kinetic resistances also played a role in the
experiments.

Calculations on the hydrogen consumption rates for vari-
ous time intervals in a 30-min experiment at 300�C (high in-
tensity stirring) showed high consumption rates in the initial
period (under 5 min) and lower rates afterward. Using esti-
mations on the mass-transfer coefficients, the gas–liquid
mass transfer appeared to be the controlling step during the
initial period. Afterward, the intraparticle/kinetic resistances
gained importance.

Indicative calculations on the effect of catalyst size
showed that, in the early stage of HDO process, the expected

degree of utilization for particle sizes typically used in
industrial fixed bed reactors is below unity.

This work has shown that hydrotreating reactions can be
favored over polymerization reactions by selecting adequate re-
actor (good mixing), catalyst (small particles), and process con-
ditions (enough time at low temperature). Insights obtained in
this study can help in the design of industrial HDO reactors.
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Notation

aGL ¼ gas–liquid interface area (m2
interface m

�3
liquid)

C1 ¼ (1/((dp/(6.m.ks)) þ (1/m.g.k1))).(1/VG)
aS ¼ catalyst area per unit of liquid volume: 6.es/dp (m2

catalyst

m�3
liquid)

CH2 ;G ¼ concentration of hydrogen in the gas phase (mol m�3
gas)

CH2 ;L ¼ concentration of hydrogen in the liquid phase (mol m�3
liquid)

Deff ¼ effective diffusivity (m2 s�1)
CH2 ;L ¼ diffusivity of hydrogen in a liquid (m2 s�1)

dp ¼ particle size/diameter (m)
Ea ¼ activation energy (kJ mol�1)

GPC ¼ gel permeation chromatography
HDO ¼ hydrodeoxygenation
HPTT ¼ high-pressure thermal treatment

k0 ¼ Arrhenius constant (s�1)
k1 ¼ reaction rate constant for hydrogen-consuming reactions (s�1)

kHPTT ¼ reaction rate constant for HPTT gas formation (s�2)
kL ¼ gas–liquid mass-transfer coefficient (m3

liquid m
�2

interface s
�1)

kS ¼ liquid–solid mass-transfer coefficient (m3
liquid m

2
catalyst s

�1)
m ¼ distribution coefficient (from Henry’s law): (CH2 ;L=CH2 ;G)at

equilibrium

MCRT ¼ microcarbon residue test
MW ¼ molecular weight

MWD ¼ molecular weight distribution
nH2

¼ hydrogen moles
NH2

¼ hydrogen molar flux (mol m�3
liquid s

�1)
R ¼ gas constant: 8.314 (J mol�1 K�1)
Re ¼ Reynolds number: dp.v.q.l

�1, from Ref. 24
Sc ¼ Schmidt number: l.q.D�1, from Ref. 24
Sh ¼ Sherwood number: 2 þ Ren þ Scm ¼ kS.dp.D

�1, from Ref. 24
T ¼ time (s)
T ¼ temperature (K)
V ¼ velocity (m s�1)

VG ¼ gas volume (m3
gas)

Greek letters

e ¼ porosity (m3
pore g

�1
catalyst)

es ¼ catalyst holdup (m3
catalyst m

�3
liquid)

/ ¼ Thiele modulus: (dp/6).k1
1/2.Deff

�1/2

g ¼ effectiveness factor or degree of utilization of a porous catalyst:
(tanh /)/�1.

l ¼ viscosity (Pa s)
q ¼ density (kg m�3)
s ¼ tortuosity factor
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